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Introduction 
This paper is concerned with ultra filtration (or reverse 

osmosis), purification of dil u te molasses sol utions. Experimental 
work conducted by Zanto et al. (9)3 utilizing ultra filtration puri­
fication of various process juices with cellulose ace tate membranes 
indicated that it ,vas possible to effectively separa te low molecular 
weight nonsugar impurities and water from higher molecular 
weight sucrose. ConvE'rscly, it was possible to separa te re latively 
low molecular weight sucrose from high molecular weight color­
ants. During the initial study employing cell ulose aceta te mem­
branes it was noted that hydrolysis (8) of the membrane under 
alkaline procE'ss conditions limited the effec tive I ifet ime of the 
membrane to approximately on e week of service. 

It vvas concluded from the initial research investigation (9) 
that successful adaptation of ultra fi ltra tion to process juice 
purification was dependE'nt upon the following membrane and 
module characteristics: 

I - Chemical and physical resistance to hot (65-85°C) weakly 
alkaline (7.0-8.5 pH) process juices. 

2 - ~Vlembrane immunity to organic fou ling of the pore 
structure. 

3 - Economically feasible membrane permeate flow rates as 
described in terms of weigh t units of nonsugars eliminated 
in the membrane permeate stream / unit time/ module. 

4 - Feasible chemica l or mechanical clean ing of membrane 
surface area. 

Contacts w ith major organ iza ti ons involved In membrane 
development and module production revealed that only DuPont 
Permasep nylon hollow fiber membranes satisfied the important 
consideration of resistance to alkaline feed solutions. A joint 
project was organized with DuPont in volving the use of their 
Permasep ultra filtration modules. 'fhe objective of the project 
was to make ultra filtration of process juices an economically 

1 E. r. DuPont de Nemours and Co ., I nc., TradeJll a rk. 
2 Director of Process R esearch and Research Chemist, respecti vely. Holl y Sugar Corp­

ora ti on, Colorado Springs, Colorado. 
:1 Numbers in parentheses ref ~ ! r to li ter;;iture ciled . 
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profitable venture on the basis of increased white sugar ex­
traction. Theory 

Ultra filtration membrane performance may be described in 
terms of product flow throu gh the membrane. Figures I and 2 
indicate desalting and decoloriza tion of dilute molasses solutions, 
respectively. The models r epresented show a longitudinal cross 
section of a nylon hollow fiber ca pillary with a critical diameter 
pore as described by Sourirajan (7). In the case of desalting the 
vendor terminology of per meate is actually the low purity rela­
tively salty discard. The re ject is the partially purified higher 
purity dilute molasses produ rt. vVhen decolorization is discussed 
the permeate becomes th e decolorized product and the highly ­
colored reject is th e discard . T he model s in Figures 1 and 2 
demonstrate th e selectivity o f the membrane in terms of the 
critical pore diameter. In terms of molecular dimensions "vater 
and salts may permeate the desalting membrane in fi gure ] , 
sucrose however is rejected on the basis of molecular size. Apply­
ing this model to decolorizin g in Figure 2, sucrose may permea te 
the membrane but the long chain high molecular weight colorant 
of the melanoidin type a;'e rejec ted on the basis of molecular size. 

In reality all the m em brane pores are not the same diameter. 
This fact allows a sign ificant am ount of sucrose to permea te the 
membrane during desalting and conversely, a significant amount 
of color bodies to permea te the membrane during decolor ization . 

The basic equ ations describing membrane performance have 
been described by several investigators (1,2,5). 

Permeate fl ows throu gh the membrane 
F, =-= A (6.P - 6.TT) Equation - 1 

Salt permeation through the membrane 
F, = 13 (C l - C 2) Equ ation - 2 

' '''here A = M em brane water permeation constan t. 
6.P = Applied pressure differential. 

6.TT = Osmotic press ure differential. 
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Figure 2. 

B Membrane sait permeation constant. 
C , Salt concentration in reject. 
Ce Sal t concentration in permeate. 

C J C" Membrane selectivity. 
Equation - I indicates that at a constant osmotic pressure de­

pendent on sot ute concentrat ion the volume of the salt or sucrose 
containing permeate produced per unit area of membrane will 
increase directly as a function ot applied pressure. The salt flux 
equation - 2 indicates that th~ quantity of salts passing through 
the membrane is not dependent on applied pressure. The p ro­
nounced influence of t~mperature on permeate flow was noted 
by Zanto (9) and also Mattson and Tomsic (4). Feed temperature 
increased from 20 to 40 c C increased permeate flow from 2.5% 
to 3.0S1o per degree increase relative to the permeate flow rate 
at 20°C. Membrane selectivity was not affected at the higher 
temperatures. 

Description of Equipment and Process Flows 
Experimenta l equipment consisted of several 4-inch diameter 

>< 7 ft high Permasep P ermeators with membrane selectivities 
rangin g from 5% SPE (salt passage) to 19% SPE. The data 
herein concerns onl y 3, 7, 8 and 19% SPE modules.· Modul es 
having high salt passage values were utilized as decolorizing 
mod ules and those having low salt passage ,vere used as desal ting 
m odules. Figure - 3 shows a 4-inch diameter Permasep module 
with a cutaway section showing the permeahle nylon capillary 
bundle. A standard 4-inch diameter X 7 ft Pcrmasep Permeator 
has 2.3 X lOG hollow fibers with outside diameters of .45 
microns and inside capillary bore diameter of 24 microns. .fh e 
bundle of hollow nylon fibers has a void frac tion of 28.5% and a 
packing density of 50%. Total permeation area apflroximates 
84,000 sq ft. The typi cal 4-inch diameter Permasep Permeator 
has a rated capacity of .5 gpm at 30 ' C and a feed press ure of 
600 psig. Each nylon hollo·"" fiber capillary is packed in a U­
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Figure 3. 

shaped loop. The hollow fiber ends of the capillary are encap­
sulated in a proprietary epoxy resin which forms the tube sheet. 
The tube sheet is incorporated in the top, high pressure flange 
design. The epoxy resin tube sheet is subject to thermal creep 
under pressure over 40 c e. This consideration limits the perm­
eator operating temperature to 40ce. 

C se of hollow fiber nylon capillaries has the advantage of 
high surface area, elimination of membrane support, and high 
membrane strength. In contrast to cellulose acetate the use of 
nylon membranes does not preclude the use of mild cnemical 
cleaning agents. The tightly-packed hollow fiber bundle does 
have the following disadvantages - they function as a very 
efficient filter, and promote poor circulation with subsequent 
small dead volumes of juice. The stagnant volumes of sugar­
containing juice within the capillary bundle can contribute to 
eventual bacterial infection of the permeator. It is impossible 
to mechanically clean the bundle. Visual inspection of the 
permeator bundle may only be accomplished by pulling the 
entire bundle from the high-pressure casing. 

Support equipment noted in Figure 3 includes a high pressure 
variable rate feed pump, a control panel complete with pressure 
gauges flow meters and control valves. The dilute molasses feed 
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tank is temperature controll ed . All feed to the permeator was 
polished with a .5 micron polish fil tel'. Figure 4 shows a flow 
sheet for series flow one-stage decolor izing and desaJ ting of a 
dilute molasses solution. The initial feed solution is first de­
colorized with a 19% salt passage permeator. The permeate 
from the decoJorizer module is then desalted as feed to the 8% 
salt passage module. The reject from the desalting module rep­
resents the finished product from the one-stage decolorizing­
desalting process scheme. 

e~ 
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REJECT 
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Figure 4. 

The experimental flow scheme recycles the permeate, reject 
and bleed to the feed supply tank for remixing to insur(' a feed 
of constant composition for steady sta te operating condi tions . 
The module bleed is used to promote uniform circulation within 
the module. The percent conversion, or the percent of the feed 
which was allowed to permeate the membrane, is controlled by 
the back pressure regulator on the module reject line . Perform­
ance runs ranged from 16 to 24 hours in duration . During the 
run, grab samples of module permeate and reject were taken for 
analysis and purity determinations. In all cases steady state 
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operating conditions were established before sampling of process 
streams began . This usually required 2 or 3 hours. 

Experimental Results and Discussion 
In order to reclaim addi tional sugar from molasses it is neces­

sary to decol orize and desalt the molasses solution. Impurity 
removal from molasses should elevate th e molasses purity to at 
least the approximate purity of the low raw pan feed No-2 green 
purity. Tabular data in Table 1 shows typical results as obtained 
from six runs employing a 19% salt passage Permase p decoloriz­
ing module. 

T able l.-Decolori1.ation of dilmed molasses with ]4·inch DuPont] 19% SPE Permasep 
modules. +" 

Feed Permea te (product) Reject 

Pressure (psig) 
Temperature °C 
pH 
R,D.S. 

600 
39 

6.7 
11.25 

Ambient 
6.6 
4.12 

Ambient 
6.7 

20,95 
Purity 
F low ra te GP;\-I 

59,68 
2.50 

56,98 
IAI 

59 .95 
1.09 

Color H 11,145 3,206 12.742 

1 All data in Tablr, 1 ancl 2 are calculations based o n the results of experi m enta l ob· 
sen'at ion of two ( 19 ane! 7% SPE) four- inch modul es . Th is is also the case for th e clata 
presentee! in Table 2 concerning stag'es 2 and 3. 

+ Values calculated from computeT c1ata No. 35 . 40, 
f< One -stage deco loriza [ion trea llnent. 
"'* Color determ in ed at 560 !..l as color units on suga r in solution. 

In this case the initial one-stage treatment represents only 
one stage of several stages necessary to decolorize an optimum 
amount of sugar in solution. The first stage of permeators would 
reduce the color on 19.7 % of the total sugar by 70%. The 
module reject stream containing 80.3% of the sugar in the feed 
must be treated with add iti onal permeators to reduce molasses 
color prior to desalting and recycle of the partially .purified 
molasses to the low raw pan. 

Table 2 indicates performance data obtained from 10 typica l 
runs using a 7% salt passage Permasep desalting module operated 
independently. During the course of the investi ga tion on 8% 
SPE module was also used, as previously stated, as the desalting 
module during tandem operation. Slight differences do occ ur 
between the 2, 7 and 8% SPE, but for the purposes of this 
paper the results of both have been integrated and should be 
considered as equal. 

Performance data ob tained from the first stage desal ting 
treatment has been extended to encompass three-stage tre :H­
ment. Total accumula tive sugar loss after three-stage desalting 
treatment would approximate 23%, total accumulative nonsugar 
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elimination would equal ::14.9%. Purity of the final combined 
first, second and th ird stream permeate ,vould approximate 42.7 . 
T he combined permeate, with an R.D.S. of 2.7 :3 could be con­
sidered for concentration and subsequent addition to dried pulp. 
T he reject of the first stage ;s the feed fur the second stage. In 
order to maintain flow it is necessary to dilute the relatively con­
centra ted 20.81 R .D.S. Tcject to approximately the initial feed 
concen tration of 10.66 R.D.S. As the concentration of salts in­
crease the pressure necessary to overcome the osmotic pressure 
increases (Equation - I). In ordeT not to exceed the critical design 
press ure of the permeator and the pumping system, dilution of 
feed between stages is advisable. 

As the percent conveTSion is increased it was found that 
nonsugar impurity elimination and sugar loss in permeate in­
creased to a maximum of about SO% conversion. Exprcssed as 
the volume of permeate flow per one hundred volume of feed 
flow, percent conversion is that portion of the feed which is 
allowed to permeate the membrane. Above this point decreased 
circulation of reje~t through the packed hollow fiber bundle 
becomes a limiting factor because of high salt concentration 
around the hollow fiber capillaries. The adverse effect of polariza­
tion on membrane performance has been described by several 
investigators (3,6). 

In terms of individual nonsugar impurities the first stage of 
the desalting module eliminated a total of 22.0% total :0:, 11.9% 
amino + pyrrolidonecarboxylic acid N, 13.8% belaine, 46.2% 
nitrate, 39% chloride, IS.8% calcium, 29 .6% sodium, 20.1 % 
potassium, and 17.4% invert, respectively, from the permeator 
feed stream. Total nOl1Sugars eliminated were 23.2% . Referring 
again to the critical pore diameter in Figure 2, it is probable that 
an elimination of the trisaccharides raffinose and kestose would 
be accomplished during decolorization . Eliminations of raffin ose 
and kestose ranged between 40 and SO% - the raffinose and kestose 
being retained in the reject stream with the higher mQlecular 
weigh t coloran ts. 

During each experimental run, extreme care was taken to 
polish filter permeator feed and maintain reasonably sterile con­
ditions within the permeator. The feed was polished with a O.S 
micron filter and formalin was added to the dilute molasses feed 
to a concentration of O. S%. In spite of these efforts the low salt 
passage permeators experienced a 30 to 40% permeate flow de­
crease operating during a ten-day continuous operating period . 
The high salt passage permeator showed a ca pacity decrease of 
50 to 80% over an equal length of time. Various types of 
chemical cleaners were used to flush the permeator bundles in 
an attempt to restore initial ca pacity. Among these were oxidiz­
ing agents, reducing agents, strong and weak acids, and enzyme 
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containing detergents. c\ strong hase chemical cleaning agent 
'vas also used in cun junction with reverse flush of the hollow 
fiber capillaries. All of these attempts at restoring permeator 
capacity were partially effective on a daily basis, however, the 
long range capacity decrease trend was still observed. The exact 
cause of the permeator capacity decrease has yet to be defined. 
There is some reason to believe that one or more of the following 
may be affecting permeator capacity: 

1 - The hollow fibers have been plugged with residue (dex­
tran) due to microorganism growth 10 stagnant JUlCe' 

zones 	within the permeator bundle. 
2 - Vlolecular plugging of the porous hollow fiber surface. 
3 - Compaction of the hollo'w fiber permeator bundle. 

Summary 
Performance data obtained employing high and low salt 

passage modules operating in the decolorizing and desalting 
modes on dilute molasses has been discussed. Consideration of 
approximate initial permeator cost and effective permeator serv­
ice lifetime indicate that ultra filtration purification of dilu te 
molasses solutions is not economically competitive with other 
proven purification processes at this time. Improvements must 
be made in permeator capacity to eliminate nonsugars. A.n 
obvious approach to the capacity problem is pcrmeators designed 
to accommodate high temperature 90 to lOO°C feed juices. In 
addition, permeator capacity decrease must be defined as to 
cause and prevented by improved permeator design or effective 
pretreatment of the feed juice. 
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